Introduction
To reduce anthropogenic CO 2 emissions and combat climate change Chemical Looping Combustion (CLC) technologies have been proposed [1, 2] . CLC technologies enable the combustion of a fuel via the consecutive reduction and oxidation of a supported metal/metal-oxide particle, referred to as oxygen carrier, to produce high temperature depleted air for electric power generation with facilitated CO 2 capture (for sequestration or further use in the context of Carbon Capture Utilization and Storage, CCUS). CLC has been shown to be very competitive with other technologies when operated at very high temperatures (1000-1200°C) and high pressures (above 15 bar) and integrated with a combined cycle gas turbine [3] [4] [5] . Conventionally, interconnected fluidized bed reactors were proposed for CLC [6] [7] [8] [9] [10] [11] . In this reactor concept, the particles are transported between an air reactor (typically a riser), where hot air is produced via the oxidation of the particles, and a regeneration unit (typically a bubbling fluidized bed), where the particles are reduced with methane or syngas while producing a concentrated CO 2 exhaust stream. With this reactor system, a continuous production of hot air is achieved without air/methane slip between the reactors [6] . However, the main drawbacks of this reactor concept are related to the transport of the oxygen carrier. Not only an additional energy input is required to transport the particles, but also a cyclone is required to separate the particles from the hot air stream. This particle separation is particularly difficult considering the required, extremely harsh process conditions (high pressure and very high temperature) and the fact that even fines (resulting from inevitable particle attrition in the fluidized bed reactors) need to be removed to protect the downstream gas turbine.
In view of the efficiency gains by operation at elevated pressures, dynamically operated packed bed CLC reactors [4, 12, 13] , where the oxygen carrier is stationary and is alternately reduced and oxidized via periodic switching of the fuel and air streams, show promise because of their relative ease of operation at higher pressures in comparison to interconnected fluidized bed reactor systems [14] . A disadvantage of the packed bed system is that the oxygen carrier is thermally cycled between the temperature of the air feed (typically around 450°C) and the maximum temperature (typically 1200°C). This poses significant challenges on the oxygen carriers, which should have high redox reactivity at low temperature and high thermal, chemical and mechanical stability at high temperatures. To avoid this challenging high temperature cycling, Hamers et al. [15] investigated the possibility to carry out CLC in two packed bed reactors placed in series in a two-stage CLC (TSCLC) process. In this process, the temperature rise during the oxidation cycle is obtained in two consecutive stages, with each stage carried out in a different packed bed containing a different oxygen carrier. This alleviates the requirements on the selected oxygen carrier and reactor materials, while still achieving very comparable overall energy efficiencies [16] .
Oxygen carriers are one of the most important elements of CLC technologies, as they determine to a large extent the overall process efficiency. In this work, the performance of a packed-bed CLC reactor is [1905] [1906] [1907] [1908] [1909] [1910] [1911] [1912] [1913] [1914] [1915] [1916] investigated with special focus on a detailed description of the redox kinetics of the oxygen carrier. A CuO/Al 2 O 3 particle has been selected as oxygen carrier, as it was previously shown to be very promising for packed-bed CLC because of its high reactivity at low temperatures, as long as the maximum temperature is limited because of the relatively low melting temperature of copper, and thus particularly suited as oxygen carrier material for the first stage of the TSCLC process [15] . In previous studies the redox kinetics of CuO/Al 2 O 3 oxygen carrier materials have been studied [17] [18] [19] [20] [21] [22] [23] [24] [25] . This oxygen carrier, as well as many other oxygen carriers, shows a sharp decline in the particle conversion rate after typically 70-80% conversion (depending on the process conditions). Several researches have attempted to predict the redox kinetics with ad-hoc modification (such as using diffusion coefficients as a function of the particle conversion etc.) which are however not based on physical description of the prevailing phenomena. However, it has been elucidated that the reason for the slow-down in the redox reaction rate after a certain particle conversion was the formation and reduction of spinel compounds, which are phases formed due to the interaction of CuO with the support Al 2 O 3. This has allowed to develop a particle model that can predict the redox kinetics for several oxygen carriers. In previous works [13, 16] , the integration of a particle model in a packed-bed reactor model has been shown, where the particle model describing the redox kinetics was a SCM based on an ad-hoc modification. This can only be valid for certain oprating conditions. As soon as the operating conditions vary, the fitting of the redox kinetics will not be valid anymore. The novelty of this work is that we have developed a phenomenological kinetic model that describes the redox kinetics of supported CuO oxygen carriers (that can be further extended to other oxygen carriers such as FeO/Al2O3, NiO/Al2O3, etc.), based on the underlying chemistry, in particular the reduction reactions of the components formed by the interaction between the metal oxide with the support. The objectives of this paper are: i) to validate a 1D packed bed reactor model that accounts for all the reactions of spinel in the redox kinetics with experiments in a lab-scale packed-bed CLC reactor, ii) to show the importance of a proper description of the redox kinetics at the particle level to properly describe the packed-bed reactor behaviour, iii) to illustrate the importance of the formation and reduction of spinel compounds for a packed-bed CLC reactor at industrial conditions.
In a previous work an accurate description of the redox kinetics of the CuO/Al 2 O 3 oxygen carrier has been developed using a pseudohomogeneous grain model [26] . These kinetics have been integrated in a 1D packed-bed reactor model via correlation for the particle effectiveness factor as a function of the particle conversion, which were developed with a detailed particle model that accounts for intra-particle solids concentration gradients as well as internal (and external) mass transfer limitations of the gaseous species. Cycling experiments consisting of oxidation with air and reduction with a H 2 -N 2 mixture have been carried out with CuO/Al 2 O 3 as oxygen carrier in a lab-scale PBR setup in order to validate the reactor model that accounts for all the reaction kinetics of spinel. Finally, simulations with the extended packed-bed reactor model for a large scale reactor at industrial conditions have been carried out to demonstrate the importance of the spinel reduction in the particle model to proper describe the breakthrough times of the redox cycles at different temperatures, the temperature rise and the cycle time.
Materials and methods
Experiments have been carried out in a lab-scale packed bed reactor setup. The reactor is a U-shaped quartz tube (10 cm length and 0.7 cm diameter) where the temperature is controlled with an electrical oven. Inlet gas flow rates are controlled by mass flow controllers and after condensation of the produced steam the dry outlet gas composition is continuously analyzed with an in-line SICK gas analyzer. The setup is schematically represented in Fig. S.1 from the Supplementary Material. Spherical particles of 12.5 wt% CuO/Al 2 O 3 and 1.1 mm diameter (Sigma-Aldrich) were used as oxygen carrier. Upstream of the oxygen carrier inert quartz particles were positioned to heat the inlet gas to the desired reaction temperature.
During the experiments, the flow rate of the reactants was kept relatively low (200 ml/min) to obtain a reasonable breakthrough time.
Cycling experiments (oxidation with air and reduction with a H 2 -N 2 mixture) were performed at different temperatures ranging from 600°C up to 1000°C, where the breakthrough times of the different reductant/ oxidative gases were studied and used to validate a packed-bed reactor model described in the next section.
To further validate the model, several 'stop and check' experiments were carried out, where the reduction cycle was stopped at different moments in time to investigate which species were present in the oxygen carrier. Samples were taken from two different axial positions in the reactor, viz. at the entrance and at the middle of the oxygen carrier bed and the crystalline species were identified by X-ray diffraction in a Rigaku Mini-Flex 600 diffractometer at 298 K with a mobile copper anode.
Model description
The reactor model makes use of correlations for the particle effectiveness factors developed, which are developed with a particle model with detailed gas-solid kinetics, also referred to as the grain model. This grain model describes the gas-solid reactions on the scale of the grains in the particle, including in particular all the reactions of the spinel compounds, and is embedded in a particle model, that can account for the intra-particle multi-component molecular diffusion of the gas species in the pores of the porous particles (as well as multi-component external mass transfer limitations towards the particles, but this is unimportant in this work). For each gas-solid reaction an overall particle effectiveness factor as a function of the particle conversion is developed, which is subsequently integrated in the source terms of the component mass balances (and energy balance) of a pseudo-homogeneous packed-bed reactor model. The reason why the particle model has not been directly linked to the reactor model is the very large gain in computational efficiency. The reactor and particle model are described in more detail in the following sections. A schematic picture of how the models are linked to each other is provided in Fig. S.2 of the Supplementary Material.
Reactor model
The packed bed reactor is simulated with a one-dimensional pseudohomogeneous (no temperature difference between particles and gas) plug flow reactor model with superimposed axial dispersion. In this model, no radial temperature and concentration gradients are considered. For the incorporation of the heat losses, it is assumed that the environment (oven) has a constant temperature and the amount of heat transferred from the reactor to the oven wall is evaluated using a constant heat transfer coefficient, α, taken from [23] . Table 1 shows an overview of the mass and energy balances. The axial mass dispersion and effective heat conductivity are described by the equations in Table 2 . To solve the set of PDE's, a very efficient finite difference technique with higher order temporal and spatial discretization with local grid and time step adaptation is used [27] . In the next section, the mass and heat exchange between the gas phase and the oxygen carrier particle in described with a particle model. More details on the model and the numerical solution strategy are shown in Smit et al. [27] and Noorman et al. [4] .
The initial time step is very small (Δt min < 1·10 −5 s) because significant accumulation and reaction in the porous particles is taking place… The time integration is performed with an implicit Singly For further details on the model, the accuracy, the validation of the higher order SDIRK schemes and the numerical method the interested reader is referred to our earlier work [4, 27] .
Particle model
The redox kinetics are described with a pseudo-homogeneous model taken from a previous work [26] . The reaction pathways are summarized in Fig. S.3 of the Supplementary Material. The redox reaction equations and the reaction rate expressions of the CuO/Al 2 O 3 , where the reaction rate constants follow an Arrhenius type temperature dependency, have been listed in Table 3 together with the pre-exponential reaction rate constants and activation energies.
The low activation energies have only been observed for the reactions of CuO-Cu 2 O and Cu 2 O-Cu, where we indeed observed a negligible temperature effect. The activation energies of around 3 kJ/mol are not caused by intraparticle mass transfer limitations, since we have proven before that mass transfer limitations do not play a role (see also [17, 18] ). A reason that we find plausible is that the oxygen diffusion does not occur via molecular oxygen, as it has been already indicated in a previous work [26] , but via oxygen vacancies, where a double-effect could be observed between the formation of lattice oxygen and electron transfer, resulting in an almost zero activation energy.
The external mass transfer towards the particles and the internal diffusion in the oxygen carrier particles is described with the MaxwellStefan equations [33] based on the following assumptions:
• The particle is porous, spherical and symmetrical.
• The volume of the particle is constant.
• The structure of the particle is uniform and can be represented by a porosity, tortuosity and average pore size and the system is isobaric.
The model consists of a set of particle differential equations, viz. the mass balances of gaseous and solid components and the energy balance. To solve the system of PDE's, a technique using grid refinement near the external surface of the particle and time-step adaptation is used [33] . The typical grid sizes for the radial direction (particle) were in the order of 100 points and the time step was in the order of 0.1-1 ms (See Section 3.1). For further details, the reader is referred to our previous work [27] .
In this model, the generalized Fick equations are used for the calculation of the diffusive mass fluxes n i , [34] , considering both the effects of diffusion and drift fluxes.
The governing equations for the particle model and the associated initial and boundary conditions are summarized in Tables 4 and 5 .
Typically three solid components (Me, MeO and an inert component) are present in CLC systems. For the case of only three solid components, only one solid balance needs to be considered, as the weight fraction of the other components follows from the conservation of the number of moles of solid and the conservation of mass of the inert material. In this work, for CuO/Al 2 O 3 , the CuO reacts with the support. Therefore, there are more MeO and Me species. Each reduction reaction was considered as an independent oxygen carrier system with also three components (MeO, Me and inert). Therefore, for each reduction reaction, the mass balance was following also the conservation of the number of moles of solid and the conservation of mass of the inert material.
It is necessary to properly calculate the local porosity, the mass and the conversion of the particle and it is also necessary to estimate the 
Component mass balance for the solid phase
Energy balance (gas and solid phase)
Reaction rate
Momentum balance (Ergun equation) where d eff is the maximum effective diffusivity of all the gas-phase components.
Table 3
Summary of the reaction rate constants used to describe the redox kinetics.
Reactions Reaction rate expression Pre-exponential factor Activation Energy (kJ/mol)
Reduction
Tenorite reduction k red,1 (s
,1 CuO H2
Cuprite reduction k red,2 (s
,2 Cu2O H2
1.61·10
−2
1.79
First spinel reduction, r sp1 (s
Second spinel reduction, r sp2 (s
1.09 0.37
Third spinel reduction, r sp3 (s
9.75·10 −03
8.85
Oxidation First oxidation reaction, r ox1 (s
Second oxidation reaction, r ox2 (s
1.27·10
−06
1.18
Third oxidation reaction, r ox3 (s Chemical Engineering Journal 334 (2018 ) 1905 -1916 physical properties of the solid material, therefore it is important to keep track of the local composition of solid components in the particle. To achieve this, pure species data (including the spinel compounds) obtained from Ihsan Barin [35] and García-Labiano et al. [36] were used. For the gaseous components, physical properties were obtained from the data sheets of Daubert and Danner [37] .
To calculate the amount of tenorite-and cuprite spinel in the oxygen carrier at the start of a reduction cycle, a quantification has been carried out based on the results obtained from TGA measurements, as has been done in a previous work [18] . Comparing the tenorite and cuprite spinel concentrations at the end of the reduction and using the fact that the initial concentration of CuAl 2 O 4 is 6 wt%, the concentrations of CuAl 2 O 4 and CuAlO 2 have been calculated and they are summarized in Table 6 . The final amounts after the reduction reaction are the initial amounts for the oxidation reactions.
Diffusive transport of gas phase components inside the particle is described with the Maxwell-Stefan diffusivities d eff , while mass and energy transport between the bulk gas phase and the catalyst surface is calculated with the mass transfer coefficients obtained with the method of Toor, Stewart and Prober. For more details the reader is referred to Tiemersma et al. [38] .
The particle model was used to obtain particle effectiveness factors, η, for all the gas-solid reactions as a function of the particle conversion. The particle effectiveness factor changes with the increasing particle conversion because the process is inherently transient and the reaction rate changes with time. The solids conversion is defined as follows:
where w s,in denotes the initial mass fraction of the solid reactant and w s the mass fraction at a certain moment during the reduction cycle. The correlations developed with the particle model with the embedded grain model for the effectiveness factor for each reduction reaction are summarized in Table 7 for the 5 mm particle size that have been included in the reactor model for the large scale simulations (see Section 4.3).
The effectiveness factor for the gas-solid reactions is clearly decreasing with particle conversion as the availability of the reacting solid phase is also decreasing as a function of conversion. This is indeed also visible in Fig. 1 where the effectiveness factor for the tenorite reduction is plotted as a function of the particle conversion, as an example. The same figure also reports the intra-particle radial concentration profiles of tenorite at two different particle conversions. As is clear from the figure, when the solids conversion increases, the reactive solids concentration decreases and the effectiveness factor decreases. These effectiveness factors are thus a correction factor for the radial concentration profiles of in particular the solids phases inside the particle.
Results and discussion
In this section first a validation of the reactor model with experimental results is carried out using the 'stop and check' experiments and breakthrough experiments in the lab-scale PBR setup (Section 4.1). Subsequently, in Section 4.2, the importance of accounting for the formation and reduction of spinel compounds in the lab-scale packed bed reactor is investigated and discussed. Finally, Section 4.3 addresses the importance of spinel formation to assess the reactor performance of a large industrial-scale packed bed reactor.
Before showing and discussing the experimental results, the absence of internal mass transfer limitations in the lab-scale reactor was first assured with a redox experiment that was carried out with oxygen carrier particles of 1.1 mm diameter and with crushed particles (with the particle size in the range of 1-574 µm, measured with a Fritsch Analysette 22). In Fig. S.4 from the Supplementary Material, the hydrogen breakthrough curves have been compared for a reduction cycle at 1000°C, from which it can be concluded that internal mass transfer limitations indeed do not play a role for oxygen carrier particles of 1.1 mm diameter, as was expected on the basis of earlier TGA experiments [18, 39] . It is important to note that the absence of internal mass transfer limitations only holds for the lab-scale reactor with relatively Table 4 Governing equations in the particle model. Energy balance
Continuity equation
1 , Table 5 Initial and boundary conditions for the particle model. Table 7 Effectiveness factor correlations as a function of the particle conversion. small oxygen carrier particles. For large industrial-scale reactors with bigger oxygen carrier particles, internal mass transfer limitations will become important and need to be taken into account as will be shown and discussed in Section 4.3.
Validation of the reactor model with experimental results

Stop and check experiments
Experiments were carried out in a lab-scale PBR setup at 1000°C stopping the reduction at two different reduction times, viz. t 1 = 180 s (the bed is not fully reduced on the basis of the breakthrough experiments shown in Fig. S.4) , and t 2 = 500 s (the bed is almost fully reduced according to the results in Fig. S.4 ) and taking samples of the oxygen carrier from the entrance and the middle of the reactor, which were analyzed with XRD and the results were compared with model simulation results.
Reduction time of 180 s
In Fig. 2a , the concentration of the spinel compounds CuAl 2 O 4 and CuAlO 2 calculated with the model are plotted as a function of the axial position in the bed for a reduction time of 180 s. Fig. 2b shows the axial concentration profile of copper at the same time, showing that the bed is indeed only partially reduced. The simulations show that almost all the CuAl 2 O 4 is reduced to Cu and that only a very minor amount of CuAlO 2 is present in the oxygen carrier (Fig. 2a) . At the entrance of the reactor, most of the CuAlO 2 has been further reduced to Cu, while at the beginning of the reaction front the CuAlO 2 concentration is maximal, but still below 0.15 wt%.
A difference in color was observed for the particles extracted from the two different positions in the reactor indicating a different composition. In Fig. 3 , the XRD patterns for the two samples are given. In both samples the phases Al 2 O 3 , Cu and CuAlO 2 (not marked in the XRD pattern) were observed. In the sample taken from the middle of the reactor (red line), also CuO and CuAl 2 O 4 were found, as expected from the simulations. Note that only the representative peaks are marked in Fig. 3. 
Reduction time of 500 s
The axial concentration profiles of CuAl 2 O 4 , CuAlO 2 and Cu calculated with the model for a reduction time of 500 s at 1000°C are shown in Fig. 4 , showing that the bed is almost fully reduced to Cu, that CuAl 2 O 4 is no longer present and that only a very small amount of CuAlO 2 remains, as was expected on the basis of previous experimental work [18] .
Particles from the entrance and from the middle of the reactor were extracted and further analyzed with XRD. The XRD patterns shown in Fig. 5 of the two samples are identical and only the presence of Cu, Al 2 O 3 and a small amount of CuAlO 2 (not marked) is observed, corresponding to the simulation results.
In the next sections the model will be validated in more detail comparing the computed and experimentally determined breakthrough curves for both the reduction and oxidation cycles. 
Breakthrough curves validation
The hydrogen and oxygen breakthrough curves from the reduction and oxidation cycle respectively, as computed by the model and obtained experimentally in the lab-scale set-up, have been compared for redox cycles carried out at two different temperatures, viz. 1000°C and 600°C, shown in Figs. 6 and S.5 from the Supplementary Material, respectively. In these figures the simulation results of the reactor model with the effectiveness factors derived with the detailed particle model are referred to as 'simulation SP', referring to the fact that the formation of spinel compounds is fully accounted for, whereas 'SCM' refers to the results for the reduction cycle from a reactor model where the gas-solid kinetics has been simplified with a shrinking model [26] only considering the CuO reduction to Cu and ignoring the formation and reaction of spinel compounds.
To assure that the slow-down in the reaction rate observed when comparing the reactor model simulations with the effectiveness factors from the particle model with the detailed kinetics (simulation SP) and the SCM (Fig. 6) is not caused by dispersion but is related to the gassolid kinetics, a comparison of the breakthrough curves between the simulations that do and do not account for axial dispersion in the reactor has been carried out (see Fig. S.6 of Supplementary Material) . The results clearly demonstrate that there is no influence of mass dispersion, as was already expected from Fig. S.4 , because the extent of dispersion is a function of the particle diameter and it was shown that the particle size does not influence the breakthrough curves.
Overall, Figs. 6 and S.5 of the Supplementary Material show a quite reasonable agreement between the experimental results and the simulations carried out with the effectiveness factors developed with the particle model with the detailed gas-solid kinetics, for both the breakthrough times as well as how the H 2 and O 2 is consumed in the reactor during the reduction and oxidation cycles at different temperatures.
In addition, Fig. 6a shows that a simple SCM that only considers CuO reduction to Cu is unable to describe the breakthrough curves. In particular, the breakthrough curve for the SCM is much steeper and the increase in the hydrogen concentration at the outlet starts at a much later moment in time (at ca. 450 s), because in this model all the CuO is reduced directly to Cu without any restrictions. For the SP simulations the outlet hydrogen concentration starts to increase much earlier (around 390 s), because not all the spinel (CuAl 2 O 4 and CuAlO 2 ) has been converted to Cu yet. This is further corroborated in Fig. 7a , that shows that the total amount of Cu after 300 s of reduction for the SP simulations is indeed smaller than for the model with the SCM, because not all the spinel has been reduced to Cu, resulting in a smaller hydrogen breakthrough time for the SCM compared to the SP model (see Fig. 7b ). However, for the SP model the hydrogen already starts to slip well before all the CuO and spinel compounds have been fully reduced to Cu, which is also evident from the much more dispersed axial concentration profiles of Cu and H 2 . Thus, the formation of the spinel compounds and kinetic limitations in their reduction cause a much more dispersed reaction front and may limit the final conversion of Cu. Fig. 8 provides the axial concentration profiles of the spinel compounds at different moments during the reduction computed with the SP model, clearly showing that indeed all the CuAl 2 O 4 gets fully reduced when the reaction front progresses, while for the same reduction time, there is still some amount of CuAlO 2 present. The kinetic limitations in the reduction of CuAlO 2 to Cu explain the differences in the final amount of Cu between the SP and SCM simulations (Fig. 7a) .
Having a closer look at Figs. 6 and S.5 from the Supplementary Material, respectively, it can be concluded that the model has a good agreement with the experiments, but there is a small deviation in the last part of the breakthrough curve, where the model over predicts somewhat the reduction rate compared to the experimental results. Apparently the reduction rate of the tenorite spinel CuAlO 2 is somewhat overestimated (see Fig. 8 ).
Importance of spinel compounds for a lab-scale packed bed reactor
The importance of accounting for the formation and reduction of spinel compounds in the particle model is further investigated for the lab-scale packed bed reactor, where the hydrogen breakthrough curve of a reduction experiment at 600°C is compared with the numerical results from two different simulations, where one fully accounts for the reduction of spinel compounds (indicated with SP), whereas the other assumes infinitely fast spinel reduction kinetics (indicated with 'Fast spinel') and thus assumes full conversion of CuO to Cu without accounting for kinetic limitations of the spinel compounds (see Fig. 9 ). 
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Chemical Engineering Journal 334 (2018) 1905-1916 For the SP simulation the hydrogen starts to break through considerably faster than for the simulation with the infinitely fast spinel reduction kinetics, respectively 404 and 420 s. This can be attributed to the fact that at 600°C CuAl 2 O 4 is only reduced to CuAlO 2 , and CuAlO 2 is not further reduced to Cu, because this reaction is only favored at higher temperatures. Thus, the amount of hydrogen that reacts with the oxygen carrier is smaller in the SP simulation, resulting in a smaller breakthrough time.
In Fig. 10 , the computed axial concentration profiles of Cu, H 2 and both spinel species (CuAl 2 O 4 and CuAlO 2 ) are shown for both models (SP and Fast spinel) after 300 s of reduction at 600°C. It can be observed that the amount of Cu is lower in the model that accounts for the kinetic limitations of the spinel species (SP), because the formed CuAlO 2 is hardly reduced to Cu at this temperature, whereas the CuAl 2 O 4 is fully converted.
In this section, for both, experimental and modelling, particles of 1.1 mm diameter CuO/Al 2 O 3 have been used, because of their availability. Although it is well-know, that for practical scale-up packed bed reactors, much bigger particle sizes need to be used, as it is present in the next section.
On the basis of the discussed results it can be concluded that it is important to account for the formation and reduction of spinel compounds to accurately calculate the width of the reaction front and the breakthrough time, as well as the amount of Cu in the bed after the reduction cycle. Part of the spinel species does not react in the reaction front but later, which also influences the axial temperature profiles in the bed and the temperature rise that can be achieved in the packed bed chemical looping combustion reactor. This effect is larger and important for large-scale packed bed reactors, which will be further investigated in the next section.
Importance of spinel formation for an industrial scale packed bed reactor
The importance of an accurate description of the gas-solid kinetics of the CuO/Al 2 O 3 oxygen carrier has been further investigated with the model for an industrial scale packed bed reactor (see Table 8 ), where the paper by Spallina et al. [40] reactor dimensions. Although the oxygen carrier and the reducing gases are different from the ones used in this work, the parameters obtained by Spallina provide a good approximation. For this industrial scale reactor, larger particles of 5 mm diameter need to be applied because of pressure drop considerations. To study whether internal mass transfer limitations need to be taken into account for this particle size and the possible effect thereof, different simulations have been carried out for different particle diameters with and without accounting for internal mass transfer limitations, indicated with 'MT' and 'NO MT' respectively (see Fig. 11 ).
The figure clearly shows that for particles of 1.1 mm diameter (as used in the experiments of the lab-scale reactor), mass transfer limitations are unimportant, however, for particles larger than 2 mm mass transfer limitations start to become prominent, and it is necessary to account for internal mass transfer limitations to correctly describe the breakthrough time and the dispersion of the reaction front (more simulations for different particle sizes are provided in Fig. S.7 of the Supplementary Material).
In Fig. 12 , the intra-particle concentration profiles are plotted for the reduction with a 10% H 2 -90% N 2 gas mixture at 1000°C for particles of 1.1 mm and 5 mm diameter. Fig. 12a shows that for the particles of 5 mm diameter, the radial concentration profiles of both CuAl 2 O 4 and CuO are very steep for different degrees of particle conversion, indicating that mass transfer limitations play an important role, while Fig. 12b , for the particles of 1.1 mm diameter, the profiles of CuO are much flatter, indicating that mass transfer limitations are much less pronounced. Nevertheless, the spinel concentration profile for the 1.1 mm particle still shows a considerable gradient, which is caused by the extremely fast tenorite spinel reduction kinetics at 1000°C.
In order to show the importance of including spinel kinetics for the reduction step of CLC in an industrial-scale packed bed reactor, again simulations with two different models were performed, one with the reactor model with the effectiveness factors from the particle model considerable, but not complete. Due to the slow CuAlO 2 reduction kinetics, the final amount of Cu in the bed is smaller for the SP simulations than for the simulation that assumes infinitely fast spinel kinetics where all the spinel is converted to Cu. However, for the reduction at 1000°C the difference is very small because the CuAl 2 O 4 is mostly converted to Cu and there is only a very small amount of CuAlO 2 unconverted to Cu (see Fig. S.10 ).
The differences in the conversion to Cu also affects the axial temperature profiles. The axial temperature profiles for the SP and Fast spinel simulations are shown in Fig. 14 for the two considered reduction temperatures, viz. 600°C and 1000°C, where the total initial amount of CuO and CuAl 2 O 4 was the same. The maximum temperature reached in with the model fully accounting for the spinel kinetics is smaller than the maximum temperature with the model that assumes infinitely fast spinel reduction kinetics, about 20°C. At the conditions present in the bed, the active component of the oxygen carrier does not fully react, i.e. the CuAlO 2 is not fully converted, and as a consequence the heat released in the SP simulation is smaller than for the Fast spinel model, where all the components are reduced to Cu. All these differences indicate the importance of using an accurate particle model that fully accounts for the formation and reduction of spinel compounds to adequately predict the breakthrough time (and thus possible fuel slip), the final amount of Cu in the bed at the end of the reduction cycle, and thus the temperature rise and reactor performance of packed-bed chemical looping reactors employing a CuO/ Al 2 O 3 oxygen carrier.
Conclusions
A one-dimensional, pseudo-homogeneous packed-bed reactor model with effectiveness factors for the gas-solid reactions developed with a detailed particle model embedding a pseudo-homogeneous grain model was developed and validated with experiments carried out in a lab-scale packed-bed reactor setup for chemical looping combustion using CuO/ Al 2 O 3 as oxygen carrier. Stop and check experiments have confirmed the presence of different forms of spinel during the reduction reactions, which the developed model was able to describe adequately, when fully radius (m) Fig. 12 . Intra-particle concentration profiles of CuAl 2 O 4 and CuO during the reduction at 1000°C with a 10% H 2 -90% N 2 gas mixture for: (a) 5 mm diameter particle, (b) 1.1 mm diameter particle.
accounting for the kinetics of the formation and reduction of the spinel compounds. The importance of accurate gas-solid kinetics including the spinel compounds was demonstrated by comparison with a conventional simplified SCM ignoring spinel compounds, where the simulations with the SCM resulted in a mismatch of the predicted breakthrough time and the amount of Cu present in the bed after the reduction, whereas the model that fully accounts for the spinel kinetics quite adequately describes the breakthrough curves measured in the lab-scale packed-bed reactor. Moreover, by comparing simulation results from the model that fully accounts for the formation and reduction kinetics of the spinel compounds with a model that assumes infinitely fast spinel reduction kinetics it was concluded that an accurate description of the gas-solid kinetics is required to accurately describe the dispersion of the reaction front (hence the fuel slip), the breakthrough time and the amount of Cu present in the bed after the reduction cycle, especially due to the slow reduction kinetics of CuAlO 2 . Finally, it was shown with simulations for a large-scale packed bed reactor that kinetic limitations of the spinel reduction also reduces the maximum temperature rise (about 20°C) that can be achieved in the packed bed during chemical looping combustion, which has to be compensated for by an increase in the Cu-content of the oxygen carrier. This confirms that it is necessary to include particle effectiveness factors for gas-solid reactions developed with a detailed particle model that accounts for all the reduction mechanisms occurring in the CuO/Al 2 O 3 oxygen carrier, including the spinel compounds. 
